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Abstract

A multicomponent one-dimensional dynamic mathematical model for the reacting slurry systems with a change in gas flow
rate due to the chemical reaction is developed. A change in gas flow rate caused by the chemical reaction is modeled using the
overall gas mass balance. Thus, all relevant chemical species are included in the model. Linear first-order reaction kinetics
is considered. The gas phase is modeled using the two-bubble class hydrodynamic model. The interaction between small
and large bubbles is included as the cross-flow. Suspension of liquid and solids is assumed to form a pseudo slurry phase.
Back-mixing in all of the three considered phases, small bubbles, large bubbles and slurry, is accounted for using the axial
dispersion model (ADM). Energy balance of the slurry phase is also included in the model. The developed general reacting
slurry system model is used to simulate the performance of the Fischer—Tropsch (FT) slurry bubble column (SBC) reactor.
Performance of the developed ADM based model is compared with the reactor scale models in which the reactor back-mixing
is represented using some combination of the two limiting ideal reactor models of, complete stirred or plug flow.
© 2003 Elsevier Science B.V. All rights reserved.

Keywords: Multiphase reactors; Slurries; Dynamic simulation; Fischer—Tropsch; Gas conversion

1. Introduction presents an interesting alternative for production of
petro-chemicals and high quality diesel fuel (with high
Slurry bubble column (SBC) reactors are presently cetane number and virtually no sulfur). Advantages of
used for a wide range of processes in both chemical the SBC reactors include: (1) nearly isothermal oper-
and biochemical industry. These processes include ation, (2) small solids particle size that results in good
[1]: oxidation, hydrogenation, chlorination, alkylation, —productivity, (3) good interface contacting, and (4)
polymerization [2], methanol and Fischer—Tropsch low pressure drop. Their superiority compared to other
(FT) synthesig3], etc. Sometime during this century type of chemical reactors is specially pronounced
the supply of crude oil may become short. Natural in highly exothermic processes, like FT synthesis,
gas, especially from remote locations is presently when efficient interfacial contacting is needed and
unused and its price is relatively low. FT synthesis when the high level of back-mixing characteristic of
SBC is beneficial to achieving good heat transfer and
isothermality of operation. Hence, SBCs are among
preferred reactor types for large scale FT processes.In
fax: +1-314-935-7211. SBC reactors, the phase back-mixing has been his-
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Nomenclature

aw

A
Be

N

P1, P2, P3
PsT

F&7

QL=

K

H

c -~

cooling surface unit volume

area (ng,/m3,)

arbitrary chemical specie

reaction heat dimensionless group:
((=AHR)Cgo/psLCpsLTwHen)
dimensionless concentratio®/Cgo)
concentration (mol/%)

heat capacity (J/kg K)

reactor diameter (m)

Damkohler numberkkeL Hp/ Ugo)
axial dispersion coefficient (ffs)
ratio of the back-flow and the
superficial flow in MCM models
gravity (9.80 m/3)

cooling surface convective heat
transfer coefficient (J/AK s)
reactor dynamic height (m)
Henry’s solubility constant (&) /m2)
reaction heat (J/mol)

FT reactor inlet ratiody,.0/cco,0)
chemical reaction rate coefficient (9
mass transfer coefficient (%)
bubble—bubble dimensionless
interaction cross-flow coefficient
total number of chemical species
considered in a modeled chemical
process

number of continuously stirred
tanks in the cascade (MCM model)
parameters defined i&q. (4a—c)
dimensionless static head
pressure s gHp/ P)

pressure (Pa)

Peclet numberl{coHp/E;)

heat Peclet number
(UcoHppsLCpsL/AsL)

ideal gas constant (8.314 J/mol K)
Stanton number

((kLa); Hp/He;Ugo)

heat Stanton number

(hwaw Hp / psLCpsLUG0)

time (s)

temperature (K)

dimensionless superficial velocity
(U/Ugo)

U superficial velocity (m/s)

Urr FT reactor usage ratid{n,/dcco)
X dimensionless axial positioZ/Hp)
X;  conversion of the specie

z axial position (m)

Greek letters

0 dimensionless temperaturé (Tw)

e phase holdup (fhasdMacto

A heat conductivity (JJmKSs)

v; stoichiometric coefficient of thgh specie
density (kg/n3)

1Y
o surface tension (kg/ms)
T dimensionless timetUgo/ Hp)
2 parameter

(2 = 0.15544Ug — Urr) %42/ D018)
Subscripts
0 inlet of the reactor

1 reference reactant

G gas phase

] chemical specie denominator
L liquid phase

LB large bubbles

SB  small bubbles

SL  slurry phase

T total syn-gas

W wall

flow (PF). More recently, the phase back-mixing is
modeled using the axial dispersion model (ADM)
[4,5] or the multi-cell model (MCM]6]. Hartland and
Mecklenburgh[7] analytically showed that the pre-
dictions of the ADM and MCM models are equivalent
for N = (f + 1/2)Pe. Schluter et al[8] using a nu-
merical simulation found the predictions of the ADM
and MCM models to be similar. Degaleesan et al.
[9] and Gupta et al[10] introduced physically based
convection—eddy diffusion two dimensional models
for SBC and demonstrated their advantage in mod-
eling dynamic tracer responses in SBC. Due to the
popular use of the ADM, Degaleesan and Dudukovic
[11] provided a method for proper evaluation of the
axial dispersion coefficient for these models.
Dynamic models can be used for the simulation of
the start-up, shut-down or transition operation (change
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in the process set points). However, because of the  _t+. . . ... b

computational complexity until recently SBC reactors { ’—' :

have been exclusively modeled in the steady state op- 4 Convective Flux
eration. de Swart and Krishrj&2] just recently pro- * * * } &—5 BobbleMINg
posed the first dynamic model of the FT SBC. ; :

Fair amount of the actual chemical processes oper- i oy pri ¥  Axial Dispersion
ate with a change in gas flow rate due to the chemi- 3 I, ! q oy ke e
cal reaction (uneven number of reacted and produced | « >
moles) as in the FT process. Rigorous reactor scale .| 11 1 1>
model should calculate a change in gas flow rate by .
the overall mass or momentum balance accountingfor . | |

all reacting gaseous species. In addition, because of

the change in gas flow rate, changes in gas holdup Fig. 1. Schematic representation of the slurry bubble column re-
have to be considered, too. This makes the rigorous actor scale model.

model numerically involved and difficult to solve. Be-

cause of this reactor scale models with a change in LB) bubble classes. Axial back-mixing (dispersion) is
the gas flow rate almost exclusively use a simplified accounted for by the axial dispersion model (ADM).
approach based on linear dependency between the gas Species mass balance equations are written in the
flow rate and conversiofiL3]. This approach is the-  dimensionless form. Species mass balance in small

oretically correct only in some limiting casé$4]. bubbles (solved focsg ;) written forn — 1 species:
Thus, in most real industrial situations more realistic
) dcsp, j dcsp, | ousp Jdesp

approach is needed. £sB = —usp —csB,j —csBj

Accordingly, the main objective of this work is to It © It
develop a one-dimensional dynamic model for the re- —(uB —usp)K(cssj — cis.j)
acting SBC systems operated in the churn turbulent — Step (s i—cL )+e _10%csp
flow regime that properly accounts for a change in gas sg.j(csj—cL.j)+esePesz 9x2
flow rate due to t.he chemical reaction. The change n Pegl desp dcsB, | B
in gas flow rate is accounted for from the overall B ox ox

g{:\s Ealaq_ce. Ash asgacse stutdy, _the.perlfotrrrcljanc.e Ofﬂt]heSpecies mass balance in large bubbles (solved for
ischer—Tropsc reactor is simulated using the oLs. ;) written forn — 1 species:

developed model.

eLB —acLB’j =-—uB feie. — (LB jauLB - LBjaSLB
at ox ox 0
2. Reactor scale model — (ug —usp)K (cLB,j — csB,j)
. . . _19%18,;
The developed one-dimensional dynamic model for — S, (e, j—cL,j)+ePe g e

the simulation of the performance of the SBC reac- deLp DCLB.
tor has the following features. The flow is modeled as [é — 2
churn turbulent because many of the industrial slurry dx  ox

processes operate in this flow regime. In this oper- The concentration of the remaining specie in these
ating regime the flow is represented with the three cells/phases is calculated from the corresponding bub-
phases/cellsHig. 1): small bubbles (SBs), large bub- ble (SB, LB) phase overall continuity balance equa-
bles (LBs) and pseudo-slurry (SL) phase. Gas to liquid tion:

mass transfer is included as well as small and large n n
bubbles interactions which are accounted for by the cg = ZCSBJ = ZCLB’/
cross-flow mass exchange. Magnitude of these inter- j=1 j=1

actions is assumed to be finite and directly propor- 6o
tional to the slip velocity between the two (SB and =1+ pst(l —£6)(1 —x))-= 3
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£G 0o
p1=——pstl—x)— (4a)
cG 0
UG o
p2 = —pst(l—ec)— (4b)
cG 0
uG 6o
p3=—(1—emR)2 UGOEPST(]- - x); (4c)

Species mass balance in liquid (solved épr;) are
written for all n species:

0x
—Sisg jHej(cL,j — csB,j)
— S, jHe;j(cL,j — ciB,j))
DaStg,l Hej

+vic 1 —

J L’lsts’l—leaHel
3L desL dcL |
+esLPegl——L + Pegl——=—1
SLTEsL dx2 PeSL ox Ox

()

In Egs. (1)-(3) and (5)subscript represents thgh
specie of the chemical reactioﬁ’}zlvjAj = 0 (for

ug
(11— etr)2Uc0(1 + Pl)¥

dug &g 00
——t Ze e
1+ p3) o + 2 8r+

n
Ssp,j
- Z (csB,j —csL,j)
cG

75‘1‘172

j=1

- Z L8.J (cLB,j —csL,j) (7)
cG

j=1

In the present model, the total gas holdup, holdups
and velocities of the two-bubble classes (SB and LB)
are dependent on the SGV and the physical properties
of the system. Therefore, they are treated as time and
space (axial) dependent. Holdups and velocities as
well as spatial and temporal derivatives of the two-bub-
ble classes are calculated using the two-bubble class
hydrodynamic model of Krishna and EllenbergEr].
Two-bubble class models are relatively new ap-
proach in the reactor scale modeling of the churn
turbulent bubble and SBCE®,10]. They add more
physics in the modeled representation of the gas flow.
In last several years, two-bubble class models are

reactantsv; < 0 and for productsy; > 0). Formod-  gimost exclusively used for the representation of the

eling of the SBC FT reactor at the moment the only gas phase flow in the FT SBC react@sl8,23] As-
considered chemical reaction is the catalyst surface FTsumption that all of the gas volume is pre’sent only in

synthesis of the-pentene pseudo product component: q torm of small bubbles may lead (when the process

is gas—liquid mass transfer controlled) to the overesti-
mation of the conversion because of the much larger
All other side reactions (including water gas shift re- Unit volume area that is in this case available for the
action, WGS) are neglected at present. FT synthesis isgas—liquid mass transfer. However, if one accounts for
taken to be first-order with respect to the reference re- the two-bubble classes but does not account for the
actant (H) concentration on the surface of solids. Dry finite SB-LB interactions the calculated conversion
[15] and Huff and SatterfielL6] showed that when My be small_er than the_ actual. The Iarge_ amgunt of
hydrogen conversion is below 60% the first-order FT the gas that is present in large bubbles in this case
kinetics is a good approximation. Except in a few practlcally bypasses the reactor since the un!t volume
more detailed approachés] linear kinetics is used ~ &réa available for the LB—-L mass transfer is much
in most of the previous FT slurry models. Given the 0Wer than the area for the SB-L mass transfer.

small solids particle size (50m and smaller) usually Change in temperatur@)(is calculated using the
encountered in industrial slurry systems, intra-particle SIUrTy phase energy balance:

temperature and concentration profiles are most

Hp + 0.5CC*1%0.1CsH10 + 0.5H,0 6)

often negligible. Therefore, solids intra-particle ESL% = _MSL% S N

mass and heat transfer resistances are presently 97 dx

neglected. — viesi1Be DaSs 1
The change in gas flow rated) is calculated from Ss1—viba

the overall gas (includes both SB and LB) mass bal-

: _q0es 00
ance equatlon: a.

_10%0
+SSLPeH ﬁ + 0x 0x

(8)
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All liquid—solid interfacial heat transfer resistances are and Chand21]. The cross-flow parametef, for the
neglected. Slurry phase is assumed to be in thermallack of better estimate is kept at 5. This valuekof
equilibrium with the gas phases. Because of vigorous results in moderate SB-LB interactions.

mixing in the churn turbulent SBCs these assumptions

are justified.The initial conditions for model equa-

tions are consistent with the boundary conditions. The 3. FT process simulation results

initial specie concentrations in the three considered

phases (SB, LB, L) are set to the inlet concentrations  Figs. 2—4show the transient profiles at the reactor
of the species in the gas phase. Gas at the reactor in-outlet and the steady state operation axial profiles for
let contains only reactants. Initially, and at the reactor two different inlet ratios { = 0.5 for hydrogen lean
inlet, liquid is saturated with the gas phase. The in- and/ = 2.0 for stoichiometric syn-gas composition)
let boundary conditions for the specie concentrations and at two different reactor diameter® & 0.05 and
and temperature are of the Danckwerts type. At the 0.50 m). Given the stoichiometry of the studied FT
outlet boundary conditions are zero mass and ther- kinetics Eq. (6)) in the steady state operation the usage
mal fluxes[19]. Needed physical properties are taken ratio (UgT, ratio of the reacting quantities of hydrogen
from the work of Mills et al[19]. Henry constants are  and carbon monoxide) of the process is 2.

given by Peter and Weindi20] and diffusivities of all In Fig. 2 inlet ratio of only 0.5 is studied. In other
species (needed for calculation of the L—S mass trans-words the process is lacking hydrogen and is there-
fer, Xs) are calculated using the correlation of Wilke fore hydrogen controlled. Because of that extent of

1.2 1.2
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(a) Dimensionless Time (b) Dimensionless Axial Distance

Fig. 2. FT time (a) and axial (b) profiles((;, = 0.499).1 = 0.5, Ug = 0.10m/s,Us. = 0.02m/s,Hp =5m, D = 0.05m.
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Fig. 3. FT time (a) and axial (b) profilest(;, = 0.541). 1 = 2.0, Ug = 0.10m/s,Us. = 0.02m/s,Hp =5m, D = 0.05m.
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Fig. 4. FT time (a) and axial (b) profilest(;, = 0.527).1 = 2.0

the reaction is low (concentration gradientsHig. 2
are low). Although half of the available hydrogen is
consumed Xn, = 0.499):

_1
USBCSBH, + ULBCLB,H, + uLcL HHEY,

XH,=1-—
z 1+u|_Heg21,0
I1+1
—_— 9a
7 (9a)
1+1
= — 9b
T 1+ Uet 2 (b)

The total syn-gas conversioX«) is only 0.250.

When the inlet ratio is increased to 2 (stoichiometric
ratio) although the hydrogen conversion increases only
slightly to 0.541 the total syn-gas conversion jumps to
the same value of 0.54Fig. J resulting in steeper
concentration profiles. In both of these two cases, re-
actor diameter is taken to be 0.05 m, representative of
bench scale column simulating the case of negligible
axial back-mixing (flow is close to the PF).

Fig. 4 considers the wider reactor of 0.50 m. This
larger diameter in contrast to previous two cases ex-
hibits considerable back-mixing. The flow is now
well-mixed causing the concentration profiles to be
more flat. Still, despite considerable back-mixing
conversion fell marginally to 0.527. From industrial
point of view, this is good since large diameter rectors
needed for the large volume production can be used
comparably well with just small loss in performance
(also seeFig. 5). Practically, uniform time and ax-
ial temperature profiles obtained in all three studied
cases Figs. 2—4 suggest that the total cooling area

N. Rados et al./Catalysis Today 79-80 (2003) 211-218

12
@r=4 X, =0527 0
1.0 i i
ug
0.8
$Cqp,l Cip.p Cg
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(b) Dimensionless Axial Distance

, Us =0.10m/s,Us. = 0.02m/s,Hp =5m, D = 0.05m.

is large enough to absorb the generated FT reaction
heat (which is considerable at 200 kJ/mol). This re-
sult agrees with previous studifi®,22]and confirms

the well known fact that due to the good mixing
properties SBC FT reactors offer relatively easy heat
removal with less cooling area than some other types
of FT reactors (e.qg. trickle bed).

In order to maximize the conversion taller reactors
with larger residence times are needé&i( 5). Gas
velocity should be as small as optimally possible in
order to increase the reactant residence time but high
enough to keep the flow in the churn turbulent regime
insuring good mass and heat transfeig( 6). Small
superficial slurry velocity needed for continuous liquid
product removal can be used since it does not decrease
the performance considerably compared to the batch

0.8
0.7
=]
S 06 -
E0.6
t%0.5-
0 0.4 1
0.3
E’ = D=005m,1=20
=027 © D=050m,1=20
0.1 1 —+—D=0.05mI=0.5
—~D=050m,1=05
O st T B = D
0 6 8 10
HD,m

Fig. 5. The effect of reactor height and diameter on hydrogen
conversion in FT synthesig/c = 0.10 m/s,Us. = 0.02m/s.
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0.8 is matched the best using G-PF, SL-CST or LB-PF,
0.7 - SB-CST, SL-CST models (within 5%). Obviously,
g the conversion of the full ADM model can be fairly
2 0.6 1 ) .
4 well matched with some ideal reactor model for any
50'5 ) of the considered three reactor diameters, 0.05, 0.50
20471 Los and 2.00 m. However, the closest combination of ideal
&3 - ' : reactor models varies with the reactor diameter and
g |~ Usl=0.00m/s, =20 the extent of actual back-mixing. Thus, in order to
202 - Usi=0.02mss, 1=20 -
= o= e IR = use the correct ideal reactor model one would need
0.1 41—+ Usl=0.00m/s,1=0.5 L i
= Usl=0.02 mfs, 1= 0.5 to, a priori, basgd on the column diameter _a_nd other
g+t T parameters, estimate the extent of back-mixing. Full
0 0.1 e o 0.2 0.3 CST model that is often used in industry is about
2, m's

7% off in matching the full ADM model hydrogen
Fig. 6. The effect of gas and liquid superficial velocity on hydrogen CONversion even in the almost completely back-mixed
conversion in FT synthesislp = 5m, D = 0.05m. 2.00 m diameter reactor.

For all considered reactor diameters the spread in
predicted conversions between the PF and CST models
is about 20%. Hence, this is the maximum deviation
(for this set of operating and inlet conditions resulting
in relatively modest conversion) in predicted conver-
sion when the back-mixing modes for different phases

slurry operation Fig. 6). When the extent of WGS
reaction is negligible (as when using catalysts with
low WGS activity) the inlet ratio should be as close
to the mean usage ratio as possible to maximize the

conversion. are not well selected. Unfortunately, just matching the
conversion is not a proof that the two models with dif-
ferent combination of back-mixing modes predict the

4. The effect of back-mixing on the FT SBC same concentration profiles, too.

reactor performance The outcome of this comparison does not mean that

the full ADM model is better than some ideal reac-

Predicted performance obtained using developed tor model. It simply shows that the full ADM model
FT SBC full axial dispersion model (SB, LB and L are is more versatile than the ideal rector modeling ap-
modeled using ADM) is compared to the predicted proach. However, the success of the ADM model in
performance of several models composed of a combi- accurate simulation of the experimental data depends
nation of ideal reactor modes (PF and CST). PF and on the accuracy of the correlations that are used for cal-
CST models are simulated using the present model by culation of Peclet numbers in different phases. If these
setting the value oPe! to 0 and 10, respectively. It correlations are not accurate or are non-existent the ad-
is found that in a narrow reactor of 0.05m in diame- vantage of ADM model disappears. In this case, ideal
ter full PF model (SB, LB, SL in PF mode) matches reactor model consisting of G-PF and SL-CST or G-PF
the performance (hydrogen conversion) of the devel- and SL-PF for very slender reactors should be used.
oped full ADM model within 1%. This is expected
as the narrow diameter reactors exhibit negligible
back-mixing. Indeed, the other ideal reactor models 5. Summary
performed much worse (differences above 9%). In the
moderate 0.50 m reactor diameter full PF and G-PF, A dynamic SBC reactor scale model has been de-
SL-CST models approach the full ADM model within  veloped. The change in gas flow rate caused by the
5%. The extent of back-mixing is largest in the 2.0m chemical reaction is calculated from the total gas
diameter reactor of low aspect ratio. However, even in mass balance. Therefore, all relevant gaseous chem-
this reactor the observed specie concentration profilesical species are considered in the model. The full
are still not completely invariant along the height as advantages of this model can only be realized when
in the CST reactor. The full ADM model conversion more accurate and detailed kinetic scheme is used.



218

Conversion in FT SBC reactor is effected the most

by the mean residence time. Increase in reactor di-
ameter increases phase back-mixing, but its effect on

conversion is relatively small and is greatly compen-

sated by the benefits of the large throughput opera-

tion. Small slurry superficial velocity that is necessary

N. Rados et al./Catalysis Today 79-80 (2003) 211-218

[8] S. Schiuter, A. Steiff, P.-M. Weinspach, Modeling and
simulation of bubble column reactors, Chem. Eng. Process.
31 (1992) 97.

[9] S. Degaleesan, M.P. Dudukovic, B.A. Toseland, B.L. Bhatt,
A two-compartment convective diffusion model for slurry
bubble column reactors, Ind. Eng. Chem. Res. 36 (11) (1997)
4670.

for the continuous wax product removal decreases the [10] P. Gupta, B. Ong, M.H. Al-Dahhan, M.P. Dudukovic, B.

conversion negligibly compared to the batch opera-
tion. Inlet syn-gas composition should be close to the

Toseland, Hydrodynamics of churn turbulent bubble columns:
gas-liquid recirculation and mechanistic modeling, Catal.
Today 64 (3—4) (2001) 253.

expected mean usage ratio since its effect on conver-[11] s. pegaleesan, M.P. Dudukovic, Liquid back-mixing in bubble

sion is considerable.
Present full ADM model is shown to be more ver-

satile than the ideal reactor models. If the Peclet num-
ber correlations are inaccurate or non-existent the best
results are obtained when modeling the gas phase in

columns and the axial dispersion coefficient, AIChE J. 44 (11)
(1998) 2369.

[12] J.W.A. de Swart, R. Krishna, Simulation of the transient and
steady state behavior of a bubble column slurry reactor for
Fischer—Tropsch synthesis, Chem. Eng. Process. 41 (2002)
35.

a PF mode and slurry phase in a CST mode (or a [13] Levenspiel, O., 1972. Chemical Reaction Engineering, second

PF mode for narrow reactors). Ideal reactor model in

ed. Wiley, New York.

which all phases are in CST mode should not be used. [14] D. Stern, A.T. Bell, H. Heinemann, A theoretical model

Its predictions are found to be off compared to the

for the performance of bubble-column reactors used for
Fischer—Tropsch synthesis, Chem. Eng. Sci. 40 (1985) 1665.

present model even for the very large 2.0 m diameter [15] m.E. Dry, Advances in Fischer—Tropsch chemistry, Ind. Eng.

reactor.
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